The hydrodynamic properties of countercurrent gas-solid flow over a regularly stacked packing at trickle flow conditions have been studied. The flow properties of the solids phase were examined, using five types of solid particles with a mean particle diameter ranging from 70 to 880 pm and a particle density from 800 to 7800 kg mW3. Data on the solids hold-up and the pressure drop caused by the solids flow were obtained from experiments in a test column of 0.10 m square cross-section. A particle flow model has been developed based on the momentum equation of a single particle. In this model, particles are assumed to collide regularly with the packing and the mean particle velocity has been derived by taking account of the acceleration due to gravity and the drag forces exerted by the upward gas flow. The experimental data are described reasonably well by this model in the case of trickle flow of coarse particles. On the other hand, the flow behaviour of small particles is substantially influenced by particle shielding and solids agglomeration phenomena, resulting in slip velocities well above the single-particle terminal velocity. Generally, the dmg force exerted by the particles on the gas flow is smaller than the net gravitational force for both small and large particles, although for different reasons. As a consequence, the pressure drop caused by the solids flow is generally below the value to be expected for fully suspended particles.
INTRODUCTION
Countercurrent flow of gas and solids over packed columns at dilute phase, or trickle is gaining gradually more interest as a new gas-solid contacting system. Results of recent studies have shown interesting features such as a low pressure drop, pronounced countercurrent behaviour and high rates of mass transfer [ 11 and heat transfer [ 21. In our laboratory, we are investigating the application of a gas-solid trickle flow column as a chemical reactor for the dry desulphurization of gases containing small amounts of H*S [ 31. In this process, H2S is directly converted to elemental sulphur over a flowing catalyst which simultaneously adsorbs the sulphur product. With regard to this, a small-scale gas-solid trickle flow reactor has been developed and tested under reaction conditions, as is described elsewhere [3, 41. In order to facilitate particle size selection and further upscaling of such type of reactors to industrial scale, a study on the hydrodynamic behaviour of trickle flow of several types of solid particles was set up.
The basic idea of countercurrent gas-solid flow over a packed column at dilute phase conditions has been described already in an early patent of D.S.M. [5] . Experimental evidence for the occurrence of such a stable regime was given by Claus et al. [6] , who studied the countercurrent flow of gas and sand particles over a packing of cylindrical screens. At given flow rates of gas and solids, they observed two possible operating regimes, viz. a dense phase bed or 'packed fluidized' bed and a dilute phase bed or 'raining particles' bed. The dilute phase or trickle flow regime is characterized by a low solids holdup and, consequently, a relatively low pressure drop. Moreover, the packing apparently reduces the pressure drop caused by the solids further by supporting the solids hold-up to a large extent. At low gas velocities, up to about 0.5 m s-i, a constant particle velocity @ Elsevier Sequoia/Printed in The Netherlands [ 1, 7 ] Raschig rings, 1.1 -6 0.02 -0.20 10 x 10 Cylindrical screens, of 0 16 m s-i was found, independently of the solids mass flux (see also Table 1 for a summary of the experimental conditions). At higher gas velocities, the solids hold-up increases with gas velocity, i.e., loading occurs, while eventually a state of transition to a more dense phase regime is reached (flooding).
Obviously, the hydrodynamic behaviour shows some similarity with gasliquid systems.
As a part of an extensive study on the mass transfer, axial mixing and hydrodynamic properties of gas-solid trickle flow, Roes and Van Swaaij [ 1, 71 have investigated the behaviour of a flow of microspherical catalyst particles over randomly dumped packings of Pall rings, Raschig rings and cylindrical screens. They also observed loading and flooding phenomena and found that below the loading point, the particle velocity is constant, whereas at gas velocities above the loading point, the slip velocity between gas and particles becomes constant [ 71. Large et al. [8] have reported on the hydrodynamics of trickle flow of sand particles at low solids fluxes, using a rather large column of dia. 0.32 m. Again, the particle velocity appeared to be independent of the solids mass flux. On the other hand, the particle velocity was found to be a function of the gas velocity, i.e., pre-loading phenomena were absent and loading always occurred. At high gas velocities, no flooding was observed, but instead, in some cases, an unstable, radially segregated flow of gas and solids was found.
In the course of the investigations on the gas-solid trickle flow HzS oxidation reactor, we have observed that for small particles being used at low catalyst mass fluxes, the particle velocity may also depend on the catalyst mass flux, even at zero gas velocity [ 3, 4] . In order to clarify the differences in hydrodynamic behaviour of solid particles at trickle flow and to permit up-scaling of these type of reactors, we initiated the present study, using several types of solid particles, such as fluid cracking catalyst (FCC) and different grades of sand and steel shot particles. As regular packings seem to have many advantages over randomly dumped packings, such as the absence of stagnant solids, we used a regularly stacked packing specially designed for gas-solid trickle flow. Preliminary tests showed a low resistance to the gas flow at high gas velocities due to a hydrodynamically favourable shape, without adverse effect on the radial solids distribution properties of the packing.
For coarse particles, a particle flow model is developed from the simplified unsteadystate velocity equation, in which particles are assumed to collide with the packing frequently and to experience frictional forces caused by the gas flow. In a subsequent paper [2], we shall report on heat transfer properties of gas-solid trickle flow of coarse particles.
THEORY

Particle flow model
As gas-solid trickle flow is a dilute flow of solid particles, it compares with dilute phase systems like pneumatic transport lines and 'falling cloud' systems. However, in such apparatus the particle flow behaviour usually depends on gravitational forces and on frictional forces of the gas flow, since internals restricting the free fall of the particles are absent and only the walls may exert a shear force to some extent (see, e.g., [9] ). In the packed column, the solid particles collide with the packing, which may reduce the particle velocity substantially, causing a higher residence time of the particles. The relative velocity between the particles and the gas flow may not approach steady-state conditions and, therefore, in the description of such systems the unsteady-state momentum equation has to be used.
In the case of trickle flow of solid particles over a packed column, the volumetric solids concentration or solids hold-up in the column is usually low, particularly at low solids mass fluxes and low gas velocities. Values of less than 10d2 or even 10e3 are reported [ 41. In consequence, the interaction between the individual particles might be of less importance to the particle flow behaviour, in which case the solids flow might be considered single-particle flow.
Single-particle momentum equations
The acceleration of a spherical particle descending by the influence of gravity through an upward-directed lowdensity gas flow is given by the momentum equation dUP " dt -= (Pp -bJk-F (1)
where the particle velocity up is taken positive in the direction of flow of the particles. F is the frictional force per unit volume of the particle, exerted on the particle by the gas flow. F is usually written in terms of a drag coefficient CD and the dynamic head of the fluid flow:
where U, is the relative or slip velocity:
u, = up -ug
At terminal conditions, i.e., steady-state free-falling conditions, u, is equal to ut, while the drag coefficient can be given as
Accordingly, the unsteady-state particle velocity equation is written as CD ur2w
In a packed column, u, might not reach the steady-state value because the particles frequently collide with the packing, which decreases the vertical particle velocity again and again. Whether or not u, will approach ut depends on the gas velocity, the frequency of the collisions and the time required for the particles to attain the steady-state velocity. As an example, the velocity equation (eqn. (5)) can be integrated, assuming Co = CD,t and u,(O) = 0:
Equation (6) shows that the approach to the terminal velocity depends on the parameter gt/u,. As ut depends strongly on the diameter and density of the particles, the time required to approach the terminal velocity increases rapidly with particle diameter. In Table 2 , calculated values are given for the time t* required to approach ut within lo%, i.e., gt/u, > 2. The collision frequency depends on the distance to be travelled between two successive collisions. Obviously, the length of such a free path is determined by the packing geometry. It is suggested that it is of the order of the height of the packing elements. aIn air, at ambient conditions, assuming spherical particles and a particle density of 2500 kg*mm3.
b Time at which gt/u, 2 2, assuming u,(O) = 0.
Claus et al.
[6] observed an average particle velocity of 0.16 m s-' over cylindrical screens of 20 mm X 20 mm. In such a case, the collision frequency would be about 8 s-l, corresponding to an average time of about 0.1 s between two successive collisions. As most of the investigations on gas-solid trickle flow, including the present, one, are dealing with packings of similar dimensions, we may consider this value a reasonable estimate of the average falling time in typical gas-solid trickle flow. By comparing this with the time required to reach the terminal velocity (see Table 2 ), it appears that coarse particles, in general, will not be able to reach the terminal velocity relative to the gas flow. Therefore, for trickle flow of coarse particles, the mean particle velocity has to be described by a model based on the unsteady-state particle velocity equation rather than on 'constant slip' or terminal velocity assumptions.
Mean particle velocity
For trickle flow of solids over a packed column, the mean velocity of the particles relative to the internals can be obtained experimentally by determining the solids hold-up at given solids mass flux:
P&O
On the other hand, the mean particle velocity can be derived from the single-particle velocity equation. For a particle moving in an upward-directed gas flow, the velocity between two collisions with the packing is given by eqn. (5).
For coarse particles and at low gas velocities, both the particle velocity and the particle slip velocity are well below the terminal velocity, in which case eqn. (5) can be simplified and integrated: u,(t) = u,(O) + gt (6) which gives for the mean slip velocity over a time-period tF, being the time between two successive collisions,
or, for zero gas velocity,
where up(O) is the particle velocity immediately after collision with the packing and d is the average vertical distance between two successive collisions. For high gas velocities, however, the particle slip velocity U, may approach Ut and, accordingly, the effect of frictional forces on the particle motion can no longer be neglected. In general, the drag coefficient CD given in eqn. (5) is a function of the Reynolds number, which depends on u,. Although ur varies due to the changing velocity of the particle, causing variation in the value of CD, we assumed Cn to be a constant at given gas velocity. For Reynolds numbers up to 103, CD can be calculated from [lo]
Then, assuming a uniform gas velocity ug, eqn. (5) can be integrated, resulting in
Ut 4 (12) where C = dm. And from this, the mean particle slip velocity ii, follows:
in which
Equation (13) implicitly gives the mean particle velocity ii,, since ii, is given as
where ug is the uniform, actual gas velocity inside the packing. Furthermore, C depends on ii, via the particle Reynolds number and eqn. (11). X is related to ii, because tF is equal to d/&,. When the particles are colliding with each layer of internals once, d is the height of the packing elements. The actual gas velocity us depends on the superficial gas velocity and the effective packing porosity E, which does not have to be equal to the packing void fraction because the packing is not isotropic:
The value of e can be estimated from experiments at high gas velocity and low particle concentrations.
As ug approaches ut, the mean particle velocity has to approach zero, or 
At lower gas velocities, ii, can be derived from eqn. (13) if the value of u,(O) or up(O) is known. Obviously, the particle velocity after a collision strongly depends on the geometry of the packing, such as the angle of declination of the upper parts of the internals. By experiments at zero gas velocity, u,(O) can be obtained using eqn. (10) and assuming d to be equal to the height of the internals. At higher gas velocity, up(O) is likely to decrease proportionally to the mean particle velocity itself.
Pressure drop caused by the solids flow
The pressure drop in the gas phase of a gas-solid trickle flow contactor depends on the flow resistance of the packing and on the pressure drop caused by the solids flow. At given gas velocity, the pressure drop caused by the packing, APO, is a constant because at low solids hold-up the solids flow is not likely to affect the actual gas velocity. The pressure drop caused' by the solid particles, AP,, then follows from the total pressure drop observed in the experiments:
The pressure drop caused by the solids flow depends on the solids concentration and the frictional forces exerted by the particles. In general, AP, may range from zero up to a maximum value corresponding to the weight of the solids hold-up:
APp. max = PP& For the actual pressure drop caused by the downward flowing particles, the force balance can be written as
where P is the average frictional force per unit volume of particle. For particles moving in a gas flow, the frictional force F(t) was given by eqn. (2). By integration over the time between two successive collisions, we obtain
At high gas velocities, u, approaches us and, therefore, u,(t) becomes approximately constant. In this case, the frictional pressure drop caused by the solids becomes "," _ p x cn;;r%2 (21) P Then, the relative pressure drop of the solids, y, is given as 
The value of y obtained from the singleparticle flow model should correspond to the value to be obtained from measurements on pressure drop and solids hold-up. In the experiments to be described next, the value of Y exp will be determined as AP, Y exp = AP,,,,,
EXPERIMENTS
Experimental set-up and procedures
The experimental set-up is shown in Fig. 1 . Air at room temperature and atmospheric pressure entered the column (1) through a gas distributor (2) designed to achieve a radial distribution and to allow the largely unrestricted passage of solid particles. A front view of the distributor is shown in Fig. 2 . The porous plate mounted on top of the distributor was made of a perforated metal plate or, alternatively, a porous filter plate was inserted, so as to achieve adequate flow resistances at any gas velocity.
The packing consisted of 24 layers of regularly stacked metal tubes of square crosssection, as is shown in Fig. 2 . The total height of the packing amounted to 0.50 m. The cross-sectional area of the column was 0.10 m X 0.10 m. The column walls were made of Perspex to allow visual observation of the solids flow pattern.
The air left the column by an exhaust pipe placed about 0.1 m above the packing and was passed through a cyclone (3) to separate any particles entrained.
Solids were transported from a fluidized storage vessel (4) to the top of the column by means of a pneumatic conveying pipe. The solids discharging from the column and from the cyclone were returned to the storage vessel, In some occasional experiments, the cyclone underflow was recycled to the top of the column section. The solids circulation system described above could not be used for conveying coarse steel particles. For these particles, a vibrating feeder (5) was used, while the particles leaving the column were collected in a storage bin. The air flow rate was adjusted and measured by calibrated flow-meters. The solids flow rate was controlled by adjustment of the flow rate of the conveying gas in the pneumatic transport line or by adjustment of the vibrating feeder. The solids mass flow rate was determined at the solids outlet of the column by diverting the solids flow by means of a three-way valve (7) and by measuring the weight of solids collected over a certain period of time. A similar device (8) was used for measuring the mass flow rate of particles entrained.
The pressure drop over the packed section was determined by a micromanometer connected to pressure taps above the packing and below the gas distributor.
The solids hold-up was measured by interrupting the solids flow to the column (by closing valve 9) and collecting the solids discharging from the column by switching valve 7. When a significant amount of the solids fed to the column was entrained to the cyclone, the gas flow was also interrupted simultaneously with closing valve 9, so as to 125 prevent entrainment of particles in the course of the hold-up measurements.
Solid particles
In this work, five types of solid materials were used. The physical properties of the solids are summarized in Table 3 . FCC is a free-flowing, microspherical catalyst powder which is identical to the one used by Roes and coworkers [ 7, 111 and also similar to the catalyst powder used in our work on the trickle flow H?S oxidation reactor [3, 41. Two types of sand particle were used, called Sand 255 and Sand 425, with mean particle diameters of 255 and 425 E.tm respectively. The steel particles showed a mean particle diameter of 310 pm for the fine grade (Steel 310) and 880 E.trn for the coarse grade (Steel 880).
The terminal velocities of the particles in air were calculated from the mean particle diameter and particle density, assuming a spherical shape of the particles. As can be seen in Table 3 , the terminal velocity of the particles used in this work ranges from about 0.1 m s-l to more than 10 m s-l, whereas the terminal particle Reynolds number Re, lies in the Stokes' region for FCC particles and in the intermediate region (1 < Re < 103) for the other particles. 
RESULTS
Pressure drop over the packing
In the absence of solid particles, we measured the pressure drop over the packed column, AP,. It appeared that the pressure drop due to wall friction observed in an empty column was much lower than the pressure drop over the packed column (see Fig. 3 ). By inserting different amounts of packing elements, it was found that AP, is directly proportional to the height of the packed column. So AP,, is determined mainly by the packing.
The pressure drop per unit length of packing, AP,,/L, was measured as a function of the gas mass flux G (see Fig. 3 ). A straight line with a slope of 2.0 is observed, corresponding to the frictional equation at turbulent flow:
From the experimental data in Fig. 3 , a value of about 110 m-l can be derived for the constant K.
The pressure drop observed might be considered to correspond to the flow resistance of a bank of tubes, which would give, at turbulent flow conditions, where Co is the drag coefficient of the tubes and AT is the total surface area of the tubes in the direction of flow. Then, from the experimental data, a value of Co of about 4.6 is obtained, which is about a factor 4 higher than the drag coefficient of a single cylindrical tube at the same Reynolds number, the difference being mainly due to the presence of neighbouring tubes and their influence on the gas flow. It can be seen in Fig. 3 that APO/L over the regularly stacked packing used in this work is substantially lower than over Pall ring packings such as have been used by others previously. Especially at high gas velocities, such's low pressure drop over the packing becomes increasingly important.
Solids flow behaviour
The solids flow behaviour over the packing was visually observed at various operating conditions. Even at relatively high gas velocities, an adequate radial solids distribution could be observed. At high gas mass fluxes, some particles are entrained from the column. At extremely high superficial gas velocities, i.e., well above the terminal velocity of the single particles, the solids are not able to descend through the packing and thus accumulate in the upper part of the column, from which they are entrained to the column off-gas cyclone.
Operating under the usual countercurrent flow conditions and with entrained solids returned to the storage vessel 4, we could not observe flooding phenomena or another transition to a more dense-phase system, neither for the FCC solids nor for one of the other materials. However, Roes and Van Swaaij [7] and Claus et al. [6] have observed flooding phenomena for trickle flow of FCC and sand particles over a packed column. We checked whether the absence of flooding in our experiments was caused by the occurrence of solids entrainment.
In a few additional experiments, the entrainment of solids was suppressed by refluxing the entrained solids from the column off-gas cyclone to the solids feed port. In such a set-up, the solids hold-up increased significantly more at increasing gas mass flux than without a reflux of entrained solids, as can be seen in Fig. 4 . At gas mass fluxes above 0.3 kg me2 s-i, flooding phenomena do occur in the modified set-up, whereas without the external solids reflux, entrainment of solids becomes predominant, preventing a high solids hold-up in the column. Accordingly, the appearance of flooding in the work of Roes and Van Swaaij [7] is related to the presence of a disengaging section on top of the packed column which they used to reduce the entrainment of solids. Similarly, in the work of Claus et al. [ 61, the occurrence of flooding was due to the elimination of solids entrainment by means of a filter mounted in the off-gas port. In both studies, higher solids mass fluxes were used because of the authors' interest in applications such as physical adsorption [ 71. In such a case, flooding phenomena can be expected to occur rapidly and more clearly.
As the occurrence of solids entrainment clearly affects the solids hold-up in the column (cf. Fig. 4) , the experimental data on the solids hold-up were used for further calculation only if less than about 10% of the solids fed to the column had been entrained.
Mean particle velocity
The experimental data on the mean particle velocity are shown in Fig. 5 . From this, it is clear that ii, is restricted to values below about 0.26 m s-l. In a separate test, it was observed that much higher velocities would have been found in the empty column: up to about 0.8 m s-l for coarse sand particles. Obviously, the packing reduces the average velocity of such particles by a factor of 3. Further, it was estimated from these data that the effect of the solids inlet and outlet sections on the hold-up measurements was only of minor importance; at least 80% of the solids hold-up determined by the method described above had been withdrawn from the packed section.
As Fig. 5 shows, the solids velocity clearly depends on the solids flow rate for FCC and sand particles. This can be explained by assuming at increasing solids concentration a decrease in the net drag force experienced by the solids (shielding of particles or agglomeration of solids into more dense streams). At very low solids mass fluxes, the solids hold-up becomes very low (less than 10P3) and singleparticle behaviour has to become apparent. For FCC particles, even at very low solids fluxes, ii, was found to be above the maximum slip velocity of a single particle, i.e., the terminal velocity, which is about 0.12 m s-i. So trickle flow of such a fine powder is dominated by particle shielding and solids agglomeration phenomena. At high solids fluxes and low gas velocities, an almost constant value of ii, is observed, which is in agreement with the trickle flow behaviour of FCC solids at low gas velocities as described by Roes and Van Swaaij 171. Small sand particles (Sand 255) show a flow behaviour rather similar to FCC particles, although ut is about a factor of 16 higher and the particle slip velocity does not always reach ut. At high S, again an almost constant ii, of 0.22 m s-' is observed.
For coarse sand particles (Sand 425) and small steel particles (Steel 310), tip appears to be less dependent on S, whereas the gas mass flux affects ii, substantially, even at high solids fluxes. Coarse steel particles (Steel 880) show an almost constant ii, at increasing S and a decreasing ii, at increasing G. Apparently, the flow behaviour of Steel 880 particles and, to a lesser extent, of Steel 310 and Sand 425 particles is not influenced very much by the particle concentration or hold-up. So particle shielding and agglomeration phenomena hardly affect the solids flow and, as a result, a single-particle flow model might adequately describe the particle velocity. In Fig. 6 , the experimental values of ii, at infinitely low solids hold-up, i.e., at extrapolation to S = 0, are compared with those to be derived from the particle flow model described above. The calculation of ii, according to eqns. (14) and (15) an estimate of the particle slip velocity at t = 0, u,(O). At G equal to zero, frictional forces are not likely to affect the particle velocity and so eqn. (10) can be applied, which then results in the value of u,(O). For both the Sand 425 and the Steel 310 particles, ii, amounts to about 0.24 m s-l and so uP( 0) becomes -0.2 m s-l, which means an upward particle velocity at t = 0. Similarly, for Steel 880 particles, a value of up(O) of about -0.3 m s-l is found. Visual observation of the particle flow, indeed, showed the particles to collide and be reflected in an upward direction, particularly in the case of Steel 880 particles. The mean particle slip velocity ii, is, according to eqn. (13) , a function of the local gas velocity us, which depends on the effective packing porosity e (eqn. (15)). Because ii, approaches zero for values of u& equal to about 0.5, as can be derived from Fig. 6 , a value of E of about 0.5 seems to be more appropriate than the value of 0.75 corresponding to the void fraction of the packing. Obviously, the effective packing porosity is mainly determined by the minimum free area for gas flow in the packing, which is equal to 50% for our packing. In Fig. 6 , the calculated values of ii, are shown for e = 0.45 and 0.55 respectively.
For Sand 425 and Steel 880 particles, the agreement with the experimentally determined values is rather close if E is taken equal to 0.45, whereas for Steel 310 particles the best fit is obtained with E equal to 0.55.
The single-particle velocity model has to rely on the parameters e and u,(O), which have to be determined separately, but it describes the experimental results reasonably well. Because of the minor influence of the solids flux on the mean particle velocity for coarse particles such as Steel 880 (see Fig. 5 ), this model then describes the mean particle velocity as a function of the gas velocity, even at high solids mass fluxes. For fine particles such as FCC and Sand 255, the gas-solids interaction is more complex owing to solids agglomeration phenomena, so that a simple description of the momentum equation and particle velocity is prevented.
Pressure drop caused by the solids flow
The relative pressure drop caused by the solids flow was derived from the pressure drop and solids hold-up data by means of eqn. (23). The resulting data are presented in Fig. 7 . The value of y is nearly always below 1.0, which means that the packing contributes in carrying the solids hold-up. At increasing gas mass flux the value of +y generally increases.
For fine particles such as FCC and Sand 255, y decreases at increasing solids mass flux. Obviously, the net frictional force exerted by the gas flow decreases at increasing solids hold-up for these particles. As the mean particle slip velocity of FCC particles was always higher than the terminal velocity of the single particle, the value of y could have 129 been equal to 1, even at zero gas velocity. At G = 0, however, as is shown in Fig. 7 and as reported by others too [ 71, the value of y is much lower. Only at very low solids mass flux, corresponding to a solids hold-up below about 10e3, is a slight increase in y observed. Nevertheless, the pressure drop caused by FCC particles appears to be strongly influenced by the particle shielding and agglomeration phenomena mentioned above, reducing the net frictional force substantially, even at zero gas velocity.
For coarse particles such as the steel particles, y is almost independent of the solids mass flux. At zero gas velocity, very low values of y are observed for the steel particles. The scattering in the experimental data for Steel 880 particles at high gas velocities was due to the relatively high pressure drop of the packing, which prevents an accurate determination of AP,.
As was suggested earlier, at infinitely low solids mass fluxes, single-particle behaviour may become apparent. From the experimental data shown in Fig. 7 , we extrapolated values of 7exp to zero solids flux, for the sand and the steel particles (see Fig. 8 ). Calculated values of 7 are given also, using values of e of 0.45 and 0.55 respectively. At G > 1 kg me2 s-l, a fair agreement exists for packing porosities of about 0.5. Similarly as for the mean particle velocity, the best agreement between 7exp and vcalc was obtained at E = 0.45 for Sand 425 and Steel 880 particles and at E = 0.55 for Steel 310 particles. Apparently, for coarse particles and at relatively high gas mass fluxes, the pressure drop caused by the solids flow is described fairly well by the force balance derived from the momentum equation of single particles.
For fine particles such as FCC or Sand 255 particles, an increase in solids concentration causes a decrease in the drag force experienced by the particles, due to the agglomeration of solids. Such phenomena have been the subject of many theoretical and experimental studies as reviewed by Matsen [12] . Based on experimental data for the increase in particle slip velocity due to the formation of clusters [13] , Matsen has proposed an empirical expression for the particle slip Because an increased slip velocity reduces the drag force on the particles, the relative pressure drop caused by agglomerated particles should then be described as 
where y is the pressure drop for non-clustered particles. In Fig. 9 , the experimental values of y' obtained at a gas velocity at which y would be about unity are plotted against the solids hold-up. The dotted line represents eqn. (27). For FCC particles, the agreement of experimentally obtained and calculated values is close, but for the other particles a higher net drag force is apparent, probably due to a lower degree of clustering. At increasing particle diameter and/or particle density, $/y increases almost to unity, which means the absence of clusters. It seems reasonable to assume that the differences are due to the time required to approach the steady state of the momentum equation. As has been demonstrated, FCC particles are able to approach the steady state between two successive collisions, whereas coarse particles are unable to attain such a hydrodynamic equilibrium. Similarly, the latter may not be able to reach the energetically favourable state of agglomerated or clustered flow of solid particles, which would result in a relatively high net drag force.
CONCLUSIONS
The hydrodynamic behaviour of solids flowing countercurrently to a gas flow over a packing at trickle flow conditions depends strongly on the physical properties of the solid material, particularly on the particle diameter and particle density. Both the mean particle velocity and the pressure drop caused by the solids flow are greatly influenced by particle shielding and solids agglomeration phenomena for smaIl particles such as FCC (d, = 70 pm) and sand particles of small mean diameter (d, = 255 pm). On the other hand, for coarse particles such as steel shot (d, = 310 and 880 pm) the flow behaviour is almost independent of the solids concentration, i.e., shielding or agglomeration is of much less importance.
For coarse particles, the mean particle velocity is described reasonably well by a single-particle flow model in which particles are assumed to collide frequently with the packing, to accelerate due to the force of gravity and to experience a drag force exerted by the gas flow. Also, the pressure drop caused by the solid particles can be derived from the momentum equation of a single particle. At high slip velocities, the experimentally determined pressure drop data are in agreement with these theoretical values. At increasing solids mass flux, i.e., increasing solids hold-up, the mean drag force on the particles is almost constant and close to that of a single particle.
For coarse particles, the maximum gas mass flux at which countercurrent operation is still possible is determined primarily by the local gas velocity in the packing and the terminal velocity of the single particles. Small particles such as FCC, however, allow a higher slip velocity between gas and solids than the single-particle terminal velocity, even at very low solids hold-up.
At high gas velocities, entrainment of particles from the column by the gas flow 131 becomes important. It will affect countercurrent operation but it may also reduce the solids hold-up in the column and prevent flooding phenomena. relative pressure drop for agglomerated particle flow, see eqn. (27), -E effective packing porosity, -CO void fraction of packing, (m3 void) m-3 17 gas viscosity, N s m-' P gas density, kg mM3 PP particle density, kg me3
Subscripts talc calculated exp experimental max maximum value t at terminal conditions
